Liquid Holdup and Dispersion in Trickle-Bed Reactors
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Knowledge of liquid holdup and dispersion in trickle
beds is of importance in proper modeling and design of
these reactors as well as in interpreting pilot plant data
and in the scaling up of such data. Satterfield (1975) sum-
marized a number of holdup studies for liquid flows 0 to
14.7 kg/m?s. Some of the available correlations for liquid
holdup for flow rates typically encountered in trickle-bed
reactors (0.1 < L < 10 kg/m?%; 107 < G < 107 kg/
m?s) are presented in Table 1. Most investigators have
attempted to correlate holdup with liquid superficial mass
velocity, particle Reynolds number, or single phase friction
losses. The system used predominantly has been air-water
and glass beads (0.3 < d, < 1 cm). Large nonporous
packing (0.3 < d, < 5.08 cm) in the form of Raschig
rings, Berl saddles, and Lessig rings, and some hydrocar-
bons as the liquid phase, have also been used. Charpentier
et al. (1971) determined holdups in beds packed with
porous catalyst particles (0.3 < dp < 0.5 cm). Charpentier
and Favier (1975) reported holdups in a variety of gas-
liquid systems with beds packed with different types of
spherical and cylindrical catalyst packing (d, > 0.3 cm).
Recently, Goto and Smith (1975) reported holdup data
in beds packed with smaller packing (0.051 < dp < 0.41
cm).

The typical size of porous catalyst particles in trickle-
bead reactors is between 0.08 cm and 0.32 ¢cm (Satterfield,
1975). This indicates that the available correlations, all
of which have been based on data obtained with non-
porous and porous particles larger than 0.3 cm, have been
tested only at the upper limit of the particle size range of
interest in trickle-bed reactors.

Numerous models have been proposed to account for
liquid. backmixing in trickle-bed reactors. A summarv of
these is presented by Schwartz and Roberts (1973). They
conclude that the one parameter axial dispersion model is
adequate to account for the effect of liquid backmixing on
conversion. To employ this model, or to estimate the im-
portance of liquid backmixing from the relationships de-
veloped by Burghardt and Zaleski (1968) and Mears (1971),
it is necessary to know the value of the dispersion number,
that is, the inverse of the particle Peclet number (Boden-
stein number). Some correlations for the Peclet number
based on experimental studies with packed beds with
trickle flow have been developed (Sater and Levenspiel,
1966; Hochman and Effron, 1969; Michell and Furzer,
1972). These correlations are presented in Table 2. Parti-
cle size used was much larger, and shapes of particles
were different than the ones of interest in trickle-bed re-
actors.

The purpose of this note is to present recently obtained
results on liquid holdup and dispersion in a trickle bed
(135 em 1.D,, 30.5 cm height) packed with either non-
porous or porous alumina of equal size (d, = 0.06 cm)
and to compare them with data of other investigators and
the predictions of various correlations.

The small irregular particles used are at the lower end
of the size range currently employed in the petroleum in-
dustry in trickle beds, but even smaller sizes may become
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important in other processes (Kittrell and Kamionski,
1976). The data presented here were obtained by means
of a new, two-tracer technique for simultaneous determina-
tion of liquid holdup and contacting efficiency. The liquid
was hexane and the gas was helium, both fed concurrently
from the top of the column. Details of the experimental
procedure are presented elsewhere (Schwartz et al., 1976).
Liquid holdup is obtained from the first moment of the
exit age distribution curve determined by use of the non-
adsorbable tracer (heptane):
HV (1)
QL
The bed axial Peclet number is calculated from the
variance of the residence time distribution of the non-
adsorbable tracer:
Ag? 2 1
— =+ —{ePe[ePe+ 4 (1+Pe)] — 5
12 Pe  Pe? ¢ )] )
(2)

This equation is a special case of the one developed by
Bischoft (1960). Only variances of the residence time dis-
tributions obtained with nonporous packing are used. For
beds with porous packing, the variance depends both on
bed dispersion and internal diffusion into the porous pel-
lets. This makes it impossible to extract the information
on bed dispersion from the variance alone,

Holdup and dispersion data were obtained for liquid
flow rates from 0.3 to 5 kg/m?. Gas flow rates in the
range from 10~*to 2 X 1073 kg/m?s had negligible effects
on holdup and dispersion.

tr, = Theptane =

LIQUID HOLDUP

The agreement between volumetrically and tracer deter-
mined holdups was very good and is discussed elsewhere
(Schwartz et al., 1976). Only total holdup can be deter-
mined by the tracer method, whereas the volumetric tech-
nlique was used to determine dynamic and static holdups
also.

Dynamic liquid holdup for nonporous packing is plotted
as a function of Reynolds number in Figure 1. It is com-
pared with some other data (Hochman and Effron, 1969;
Ross, 1965; Mohunta and Laddha, 1965) on the same fig-
ure. It is apparent from this comparison that a simple cor-
relation of holdup vs. Reynolds number alone is not ob-
tainable. Total liquid holdups obtained on porous packing
in our study and by Ross (1965) are plotted vs. liquid
mass velocity in Figure 2. :

The holdup level and its dependence on liquid mass
velocity or Reynolds number varies from study to study.
The lower dependence of holdup on liquid mass velocity
in our study can be ascribed to the higher level of holdup
obtained which seems to be characteristic for small parti-
cles (Goto and Smith, 1975).

Figure 3 shows the comparison of our data for non-
orous packing with the data of Sater and Levenspiel
(1966), Hochman and Effron (1969), and the laboratory
reactor data of Ross (1965) when plotted according to
the Otake and Okada correlation (1963). Our data, which
were obtained at lower Reynolds numbers than those of
other investigators, cannot be fitted by the correlation.
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TaBLE 1. CorreLATIONS FOoR LiQuip HoLpup

Otake and Okada (1963):
Hp = 1.295 (Rey,)0676 (Gar, ) — 04 ( agep)

Davidson (1959):
Hg o (Res)030 (Gar,)~1/3 (awdy)

Hochman and Effron (1969):
Hp = 0.00445 (Rey,)0-76
Jesser and Elgin (1943):
Hpg o 1052 to 0.67

Way (1971):
Hp o L33
Larkins, White, and Jeffrey (1961):

H
logio — = —0.774 + 0.525 (logio x) — 0.109 (logso x)?
€

for 0.05 AP 30
or U. = —_—
<x APy
Sato, Hirose, Takahashi, and Toda (1973):
Ef. = 0.40 ag!/3 022

€
for 0.1 < x < 20
Charpentier and Favier (1975):

H
log —= = —0.280 4 0.175 log x! — 0.047 (log x!)2

fore spherical packing

Tog 22 — —0.363 + 0.168 log x! — 0.043 (log x1)2
fo: cylindrical packing

for 0.05 < x1 = L < 100

(APg/pagcZ) + 1

6.4 to 22 mm spheres
12.7, 25.4 mm Raschig rings, Berl saddles

Theoretical
10.3, 25.4, 50.8, mm Raschig and Lessing rings
(Mitchell and Furzer 1972a)
4.8 mm glass spheres
12.7, 4-9.1, 25.4 mm glass spheres
25.4 mm Berl saddles
12.7 mm carbon rings

3 mm glass spheres, 3.2 X 3.2 mm cylinders

3 mm spheres, 9.5 mm spheres, cylinders and Raschig rings

2.6 to 24.3 mm glass spheres

3 mm glass spheres, 1.8 X 6 and 1.4 X 5 mm cylinders

TABLE 2. CORRELATIONS FOR PARTICLE PECLET NUMBER
1IN TrickLE FLow

Sater and Levenspiel (1966):
Pey, = 7.58 X 1073 Rey0-703
for: 1% in. (1.27 cm) Raschig rings and Berl saddles, coun-
tercurrent flow, 10 < Rep, < 103
Hochman and Effron (1969):
Pe, = 0.042 Rer05
for: 3/16 in. (0.48 cm) glass beads, concurrent flow, 4 <
Re;, < 100
Michell and Furzer (1972¢, 1972b):
Pe,, = 0.039 Re0-50
for: 1 in, (2.54 cm) Lessing rings, countercurrent flow 50
< Re; < 1000
Pel = 1.00 ( Rel)0-70 Ggy —0.32
for: Y in. (0.64 cm), 2 in. (5.08 cm) Raschig rings,
1 in. (2.54 cm) Lessing rings
Y4 in. (0.64 cm) Berl saddles
50 < Re! < 8000

A modified form of Davidson’s theoretical form (1959),
as used by Michell and Furzer (1972a), which includes
the effects of viscous and gravitational forces and of parti-
cle size and is primarily based on a laminar flow model
over a string of spheres, was applied to our data as well
as to data of other investigators for nonporous packing
and is plotted in Figure 4. The data obtained in our study
appeared to extend the trend of the data collected by
others to the lower Reynolds number region. The somewhat
lower slope of the correlation line obtained for the data
in this study suggests an asymptotic approach to zero
holdup at zero Reynolds number (subtracting static hold-
up).

PThe same form of the correlation was applied to the
data for porous packing from our study and Ross’ work.
The data plotted in this manner in Figure 5 show the same
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Fig. 1. Dynamic liquid holdup as a function of liquid Reynolds number.
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Fig. 2. Total liquid holdup on porous packing as a function of liquid
superficial mass velocity.
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Fig. 3. Correlation of Otake and Okada (1963) applied to dynamic
liquid holdup data on nonporous packing.

dependence on Reynolds number. The agreement of the
data of our study with hexane and the data of Ross in
pilot and commercial reactors with hght gas oil was quite

jo0d, considering the large differences in particle size and
shape reactor size, and liquid properties.

The dynamic and total holdups from systems with vary-
ing dimensions, which were operated under a wide range
of conditions, seem to follow the trend predicted by David-
son (1959). The range of variables and physical properties
examined in the above cited studies are 0.4 < Rer, < 600,
0.4 mm < d, < 17.7 mm, 2.6 < agdy < 6.02, 1.4 X 10

< Gap, < 3.2 X 10% for particle shapes consisting of
Rasch1g rings, Berl saddles, spheres, irregular granules, and
for concurrent and countercurrent flow.

The comparison of our holdup data for nonporous pack-
ing with the correlations of Larkins et al. (1961) and Sato
et al. (1973) indicates that these correlations underestimate
the holdup by more than 40%. The holdup values calcu-
lated from the recent correlation of Charpentier and Favier
{1975) vary from 0.186 at the lowest liquid flow rate of
0.3 kg/m? to 0.240 at the highest liquid flow rate of 5
kg/m?s. These values are from 25 to 409% lower than the
experimentally determined ones. Similar discrepancies are
found for holdups with porous packing.

It is apparent that, on the basis of studies to date, it is
still not possible to predict holdup accurately in different
trickle beds. The correlations developed for absorption
towers with larger, differently shaped, predominantly non-
porous packing cannot be extrapolated with certainty to
trickle-bed conditions. Neither the correlations based on
liquid superficial velocity nor those founded on friction
losses can predict holdup accurately in trickle beds packed
with small particles. Holdup levels in these beds seem to
be considerably higher than holdups in absorption towers
and are less dependent on liquid flow rate.

LIQUID DISPERSION

Axial dispersion numbers, D/U.Z, that is, the reciprocal
of the bed axial Peclet numbers, are obtained from Equa-
tion (2). The dispersion numbers ranged from 0.006 up
to 0.038 but appear to be scattered between these values.
The results are plotted as particle Peclet number (Boden-
stein number) versus particle Reynolds number in Figure
6. The values of particle Peclet numbers found are one
fourth to one tenth of those for single phase liquid flow
in packed beds at comparable Reynolds numbers (Leven-
spiel and Bischoff 1963). This compares well with other
literature values for two phase flows. The correlation of
Hochman and Effron (1969), extended to lower Reynolds
numbers, fits our data quite well. The data of Sater and
Levenspiel (1966) for countercurrent flow have even
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lower particle Peclet numbers, which is to be expected,
since greater backmixing occurs for the countercurrent
flow pattern. The agreement of Peclet numbers with the
correlation of Michell and Furzer (1972b) is as good as
with the correlation of Hochman and Effron (1968).

CONCLUSIONS

The data of this study for cocurrent downward flow con-
firm the previous observations that liquid holdup increases
with liquid flow rate and is almost independent of gas
flow rate over a moderate range. However, most available
correlations underestimate the holdup in trickle-beds
packed with small particles (d, = 0.06 cm), which are
at the lower end of the size range of interest, by more than
40%. Holdup dependence on liquid flow rate is less pro-
nounced than in beds packed with larger particles.

Liquid phase particle Peclet numbers are four to ten
times smaller than in single phase flow indicating larger
dispersion in trickle flows. The available correlations for
particle Peclet numbers, obtained for beds packed with
larger particles, fit the dispersion data for beds packed
with small particles well.
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NOTATION

ag total external geometric pellet surface area per

unit reactor volume, cm—!

a, = external geometric pellet surface area contacted
by liquid per unit reactor volume, cm™?!

D = dispersion coefficient, cm?s!

d, = mean pellet diameter, cm

G = superficial gas mass velocity, kg m~2s~1

Gay = Gallileo number for the liquid phase,

(= dp® gp? ur.~2), dimensionless

Hp = dynamic liquid holdup, (cm?® moving liquid/cm?
reactor volume), dimensionless

Hgp = external liquid holdup, (cm?® liquid external to
packing/cm? reactor volume), dimensionless

Hr = total liquid holdup, (cm?® liquid/cm?® reactor vol-
ume), dimensionless

L = superficial liquid mass velocity, kg m~2s~1

Pe = axial Peclet number for the bed (= ULZ/D),
dimensionless

Pe, = particle Peclet number, Bodenstein number
(= Urd,/D), dimensionless

Pe! = particle Peclet number (= Uid,/D), dimension-

less
liquid flow rates, cm3s !

Re;, = Reynolds number (= dypLUL/pL), dimensionless

Re! = Reynolds number (= dyp U;/ur), dimensionless

Re; = film Reynolds number (= 4p8.U;/p), dimension-
less

f. = mean residence time of the liquid phase, s

U; = interstitial liquid velocity, cm s—1

U, = superficial liquid velocity, cm s™1

\'4 = reactor volume, cm?

Z = reactor length, cm

Greek Letters

AP = pressure drop for the gas phase in single phase
flow, kg m—2

APy = pressure drop for the liquid phase in single phase
flow, kg m—2
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Ac? == difference in the variance of the input and output

signal, s?
= laminar liquid film thickness, cm

€ = bed porosity, dimensionless

pe = gas density, g cm™3

pr = liquid density, g cm™3

pr = liquid viscosity, poise

X = pressure drop ratio defined in Table 1, dimension-
less

1

xt = parameter defined in Table 1, dimensionless
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